The design of a pre-combustion natural gas fired power plant is presented, which makes use of a membrane assisted reformer with permeate side combustion. A detailed reactor model has been made with which the impact of the air distribution pattern is assessed. The results demonstrate that a flat air distribution pattern is sufficient for avoiding hot spots in the reactor. A system assessment shows that the concept is competitive with conventional membrane reformers in terms of system efficiency, and offers a more compact design.
Introduction
Membrane reformers offer the prospect of development of natural gas fed pre-combustion CO 2 capture power plants with one-step conversion of natural gas into H 2 and simultaneous CO 2 separation. There are several types of hydrogen membrane reactors for pre-combustion capture of CO 2 . Among them, membrane reformers converts natural into H 2 and CO 2 in the presence of a catalyst (e.g. Ni/MgAl 2 O 4 ). The reactions involved are the following:
Methane steam reforming (MSR): CH 4 In a conventional membrane reformer ( Figure 1 ) natural gas is mixed with steam and enters the reactor at the feed side, where the methane is converted into H 2 and CO 2 . The H 2 produced permeates through the membrane to the reactor permeate side, enhancing the methane conversion and, at the same time, separating H 2 from CO 2 . The reactor feed side is operated at a higher pressure than the permeate side in order to enhance the H 2 partial pressure difference, the driving force for permeation. The CO 2 stream leaving the fixed bed reactor feed side, i.e. the retentate, contains CO 2 as well as some H 2 , CO, unconverted methane and steam. The H 2 product is swept out of the permeate side by a sweep gas, constituting the permeate stream. The heat required for reaction is supplied externally, by combustion of hydrogen and/or natural gas in a separate zone in the reactor. A membrane reformer with permeate side oxidation (Figure 2 ), on the other hand, provides the heat of reaction by directly burning part of the hydrogen at the permeate side with a sub-stoichiometric amount of air distributed along the reactor length. This novel concept provides improved heat integration as compared to the conventional membrane reformer since the heat of combustion of H 2 is generated in situ. Burning H 2 at the permeate side also lowers the H 2 partial pressure in this side of the reactor, increasing the driving force for H 2 permeation. This increases the H 2 trans-membrane flux, and therefore the overall reactor efficiency. The heat released by combustion is transferred through the membrane to the feed side. The air is introduced at the permeate side by a perforated tube. In addition, by variation of the perforation pattern, the air distribution pattern can be designed. The concept of a power plant with CO 2 capture using membrane reforming with permeate side oxidation was proposed by several authors in patent literature and has been evaluated by Manzolini et al. [1] from a technoeconomic perspective. These authors did a first evaluation of the reactor design, based on assessment of mass transfer with reaction, and a separate study on heat transfer. The purpose of this study was to get a first estimate of reactor dimensions, rather than doing a complete reactor design study. The concept proved rather promising but the authors recommended to study the design of the membrane reactor in more detail, taking into account the interactions between the heat and mass transport effects, and to study the risk of hot spot formation. Furthermore, the authors assumed a flat distribution pattern and did not optimize this pattern to lower the membrane surface area or come up with more advantageous process conditions.
The work presented in this paper involves modeling and design of a membrane reformer with permeate side combustion for its thermodynamic-kinetic assessment. The objective was to make an integrated power plantmembrane reactor design. For the reactor design, the expected phenomena (particularly heat and mass transfer limitations) are accounted for in detail. Within the modeling, an explicit objective was to determine the optimum axial air distribution pattern (ADP) that is introduced along the permeate side of the reactor for hydrogen combustion. The design procedure ( Figure 3 ) includes combination of a flow sheeting model of the whole plant in Aspen Plus with the development and use of a detailed 1-dimensional reactor model in Matlab. Iterations between the models are necessary because the membrane reactor is non-isothermal and it is not possible to fix the outlet temperatures on forehand. Changing the amount of air supplied and the ADP leads to changes in outlet temperatures which need to be fed back into the system model. The final results are: a process design of the complete power plant, a physical design of the reactor and an optimized air distribution pattern resulting from the sensitivity studies.
Methodology

Flow sheeting simulations
The overall process is modeled in Aspen Plus making use of a property method based on the Redlich-KwongSoave equation-of-state and steam tables for the steam system. The membrane reactor is modeled by a set of stoichiometric and equilibrium reactors and black-box separator blocks. Heat recovery in the power plant is simulated by using a multi-stream heat exchanger approach using pinch methodology. The gas turbine is simulated by a compressor, chemical equilibrium reactor for the combustion chamber and an expander.
The power plant flow diagram is presented in Figure 4 . High pressure natural gas (NG) (1) is pre-heated and then mixed with steam (2). The mixture is heated further, and enters an adiabatic pre-reformer. After pre-reforming, stream (3) feeds the membrane reactor. The retentate stream (4) is rich in CO 2 and H 2 O, containing some CH 4 , H 2 and CO. The latter components are burned using O 2 (5), supplied by a small air separation unit (ASU), followed by an oxygen inter-cooled compressor. This oxy-fuel combustion of the retentate contributes to the overall efficiency of the plant providing a high-temperature source of heat. Using oxy-fuel combustion here rather than air combustion prevents further dilution of the CO 2 stream with N 2 . After cooling, the water is separated off by condensation (7) and the CO 2 is compressed to 110 bar(a) (8) for transport and underground storage. The membrane reactor sweep gas (10) is a mixture of steam (11) and nitrogen (12), the latter coming from the air separation unit (ASU). The permeate stream (13) contains the H 2 produced in the membrane reactor; this stream is sent to the gas turbine (GT) combustion chamber, after being cooled to 350°C, the maximum allowed temperature of the GT fuel control valve. Air (16) is compressed in the GT compressor and used for H 2 combustion in two very different ways and locations within the plant: a) in the GT combustion chamber (17) and b) in the permeate side of the membrane reactor (19), where air is not fed at a single point but distributed along the length of the reactor. In case a), air has to be compressed to a higher pressure than in case b) to overcome the pressure drop in the reactor permeate side and GT fuel distributor valve. The hot gases produced by H 2 combustion with air (18) are fed into the GT expander, producing most of the power output (~90%). The heat remaining in the GT exhaust gases (14) for steam production in the heat recovery steam generator (HRSG). Steam is used for reforming (2) and further power production in the steam cycle (SC); a bleed from the steam turbine (11) is used as a sweep gas in the membrane reactor. Streams (20), (21) and (22) represent an auxiliary circuit in which part of the permeate stream (20) is burned with air (21) in a stoichiometric ratio. This hot, inert stream is added to the sweep gas to heat up the mixture, to reduce (and ultimately omit) the duty of the heat exchanger in stream 11. Furthermore it reduces the amount of steam used as a sweep gas. This arrangement leads to an important improvement of the system efficiency. (2) and (3) at the feed side are taken from Xu and Froment [2] . Pressure drop at the feed side is calculated using Ergun's equation, adapted to account for wall effects due to the low value of the ratio packed bed diameter/catalyst particle diameter. The pressure drop in the permeate side has been calculated as for an empty tube with a diameter equal to the hydraulic diameter of an annular geometry. The anticipated reactor configuration is multi-annular (Figure 6 ), where the air distribution tube with perforations from which the air enters the permeate channel occupies the innermost position. The membrane, consisting of a thin Pd layer on a porous support, takes the second innermost position. Outside the membrane an annular feed zone filled with spherical catalyst particles is present. Here the reforming reaction takes place. In the model, the total H 2 production and heat and mass transfer resistances at the reactor feed side are assumed concentrated in a layer of catalyst particles next to the membrane, denoted active layer in Figure 6 . The gas mixture in the region at a larger distance from the membrane surface than the active layer is hardly producing H 2 , and is therefore called inert layer. This localization of the H 2 production close to the membrane is a consequence of both the high activity of the catalyst (only a part of the total catalyst volume is sufficient to account for the whole H 2 production) and the presence of the membrane, which polarizes the production of H 2 towards it by acting as a sink. Expressions for Nusselt and Sherwood have been developed for the active layer reflecting the phenomena involved, which relate heat and mass transfer coefficients with transport properties [3] . For the feed side hydrodynamic boundary layer both heat and mass transfer coefficients as a function of Reynolds from literature have been used [4, 5] . Membrane permeance has been described locally based on local hydrogen concentrations using permeation data from literature for thin pure Pd membranes [6] and accounting for the effect of adsorption of species like CO, CO 2 and H 2 O on the membrane surface by reduction of the intrinsic permeance to 60% [7] . In practice the temperature levels encountered might demand other types than pure Pd membranes, such as Pd-alloy or proton conducting membranes. The data used is for pure Pd membranes though since for these membranes good permeance data at relevant conditions is available. The heat transfer resistance at the membrane is assumed to be located in the ceramic support. The reactor permeate side is treated as an empty tube with an annular cross section. Heat and mass transfer coefficients in this side of the reactor are obtained from Nu and Sh numbers as a function of Re with the hydraulic diameter of the annular space as characteristic length [8] . The main process data and assumptions for the reactor modeling are summarized in Table 1 . Temperature differences (between feed and permeate side at any point in the reactor) were limited to 100ºC. The gas turbine and steam cycle starting points have been tuned to match industrial performance data of the gas turbine as well as that of the combined cycle power plant. It is assumed that these input parameters will not change with introduction the membrane reactor of the gas turbine. For reference, the performance of the natural gas combined cycle without integration of the membrane reactor is also presented, as well as integration of a conventional membrane reformer (Figure 1 ) using the same starting points.
Results
Figure 7: Relative contributions to total radial heat and mass transfer resistance in the membrane reactor (Tfeed = 600ºC, Pfeed = 40 bar(a)). Figure 7 shows the reactor length-averaged relative contributions of the different layers and bodies in the membrane reactor to total radial heat and mass transfer resitances. The membrane is the largest contributor to total radial mass transfer resistance, which accounts for more than 60% of the total. The reactor permeate side has a similar contribution regarding heat transfer. With the design proposed, changes in the feed side such as gas velocity or active layer thickness have a limited (although worth taking into consideration) impact in the membrane area required, since the resistance to mass transfer in the reactor feed side is less than half of that at the membrane. The value of membrane surface required is governed by mass transport of hydrogen through the membrane (and less important through the gas phase on both sides). Since the maximum temperature difference within the reactor is well below the maximum allowed (100°C) for all cases, it can be concluded that the membrane surface area required is determined by the hydrogen permeation rather than by heat transfer limitations; further improvement of heat transfer will not lead to a decrease in membrane surface area required. Figure 8 ) creates flat axial temperature profiles -, whereas skewing the ADP to the right (case D2) disturbs the axial temperature profiles. A flat temperature profile is very desirable in terms of reducing mechanical stress on the tubes. For Case D2 a temperature peak in the the reactor at a dimensionless axial position z of 0.8 is visible. Air distribution shifted to the left (case D3) produces a symmetrical response to that of case D2. Initially the maximum working conditions for the membrane reactor were set to be a maximum feed side inlet temperature of 600ºC (due to limitations in membrane properties, though it must be mentioned that this already exceeds the maximum temperature of state-of-the-art Pd-alloy membranes) and a feed side pressure of 40 bar(a), the assumed delivery pressure of natural gas. The results of the flow sheet modeling, in which the results from the reactor design have been incorporated, are presented in Table 2 . It was observed that with these starting points the system efficiency is 46.1% and membrane surface area is 11,000 m 2 . This gives a significantly lower membrane surface area compared to the conventional membrane reformer, see Table 2 . Note that the system efficiency is then 1%-point lower. To investigate options for further improvement it was decided to make two cases stretching these two starting points: feed pressure of 64 bar(a) by compression of natural gas (case P) or a higher reactor inlet temperature of 630ºC (case T). Figure 9 and Table 2 give the results for these cases. The results in Table 2 show that case T and case P are very similar in performance in terms of LHV net electrical efficiency. Note that the required membrane surface area is significantly higher for case P. Both concepts are competitive with conventional membrane reforming in that they have similar performances and in addition offer a more compact reactor design, with concept T having also a smaller membrane surface area, but setting higher demands to high temperature membrane stability. Alternatively, the base case D1 allows for somewhat milder conditions, also relatively low membrane surface area, but having a lower efficiency. Assuming that multiple assemblies depicted in Figure 6 are inserted in cylindrical modules, and assuming membranes of 6 m length and 14 mm diameter, the number of parallel modules has been assessed using 3 modules in series. The results are presented in Table 3 . 
Conclusions
A feasible design has been realized for a natural gas fired power plant with CO 2 capture that makes use of a membrane reactor with permeate side oxidation. For this a reactor process model has been built, and detailed 1-D reactor model which is combined with the system process model. The temperature profiles in the reactor are within constraints, hot spots can effectively be avoided. For this, a tailor-made air distribution pattern (ADP) that supplies the air for hydrogen combustion at a very local level is not needed. An even distribution of combustion air along the membrane reactor length (flat ADP) can be used and is the optimal pattern for temperature control. The concept of permeate side combustion is competitive with conventional concepts for membrane reformers in terms of system efficiency, while allowing for a more compact reactor design, in particular a smaller membrane surface area. It might set higher demands to membrane high temperature stability though. The resulting power plant has an efficiency of 46.1-47.3% at a capture rate of close to 100%.
